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ABSTRACT 
Sorption enhanced methane reforming (SER), employing a CaO-based solid as a 
high temperature CO2 sorbent, is generally considered to be a promising route for H2 
production. In this paper we present a dynamic pseudo-homogeneous model to describe 
the operation of a packed bed reactor in which the SER reaction is carried out under 
adiabatic conditions. This reactor can be implemented according to several process 
schemes, including a novel Ca/Cu looping process for hydrogen generation with 
inherent CO2 capture. The proposed SER model is based on the well-established 
principles of gas-solid contact and heat transfer in fixed-bed reactors and on the kinetic 
expressions published in the literature that describe the main reactions involved in the 
process. The resulting model describes the transient performance of the SER reaction 
and confirms the theoretical viability of this critical reaction stage in a large scale H2 
production facility. It is demonstrated that the SER process can yield a CH4 conversion 
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and H2 purity of up to 85% and 95%, respectively, under operating conditions of 923 K, 
3.5 MPa, a steam/carbon ratio of 5 and a space velocity of 3.5 kg/m2s.  
Keywords: CO2 capture; carbonation; packed bed; catalysis; chemical reactors; 
dynamic simulation  
1.  Introduction 
Hydrogen is an important raw material in the chemical and petroleum industries. It 
can also be used as a clean source of energy for electricity generation, which will lead to 
a huge increase in the demand for hydrogen in the future. There is also considerable 
interest worldwide in developing new CO2 capture technologies focused on the 
mitigation of climate change (Metz et al., 2005). These conditions will serve as a 
stimulus for developing new processes for large scale hydrogen production from fossil 
fuels in combination with CO2 capture (“pre-combustion” CO2 capture systems), in 
order to reduce the energy penalty and the costs traditionally associated with the CO2 
capture process. 
Steam methane reforming (SMR) is nowadays the main process for large-scale 
production of hydrogen (Rostrup-Nielsen et al., 2002). The first stage of this 
heterogeneous catalytic process is usually performed at high temperature and pressure 
(typically 1073 K-1273 K and 2 MPa-3.5 MPa), followed by an additional shift reaction 
at a lower temperature (around 473 K-673 K) in order to maximize the H2 yield. 
However, both the reforming and water gas shift reactions are equilibrium limited, so 
that it is not possible to achieve the complete conversion of CH4 and CO in a single 
stage under the usual reactor conditions. If the CO2 is removed from the product gas as 
soon as is it formed, the normal equilibrium is displaced in favor of the hydrogen yield 
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in accordance with Le Chatelier’s principle, so almost complete conversion can be 
achieved. 
In the sorption enhanced reforming process (SER) a CO2 sorbent is used, together 
with a reforming catalyst in the same reactor, to remove CO2 from the gas phase 
(Hufton et al., 1999; Harrison, 2008). When using CaO as sorbent in the reforming 
process, higher methane and CO conversions can be attained at lower temperatures 
(around 923 K) and a product that contains more than 95% H2 (dry basis) is possible 
(Balasubramanian et al., 1999). Additional benefits derivable from the SER process 
with CaO are the minimization of the coking potential, the elimination of the 
downstream H2 purification steps, the diminution of excess steam in the reforming 
operation, and the reduction of CO in the gas effluent to ppm levels (Lopez Ortiz and 
Harrison, 1999; Lee et al., 2004; Yi and Harrison, 2005; Yoon et al., 2007; Li and Cai, 
2007; Harrison, 2008; Lysikov et al., 2008; Martavaltzi and Lemonidou, 2010). 
The SER process with CaO as CO2-sorbent is slightly exothermic so that no 
additional energy is required to produce hydrogen. CaO-based sorbents are commonly 
used in SER because they are able to reduce CO2 to very low concentrations at 
moderate temperatures (823-973 K). Calcium oxide may be the most technically and 
economically viable option because it can be obtained from a wide range of abundant, 
natural and inexpensive sources including limestone, dolomite and calcium hydroxide 
(Florin and Harris, 2008). However, it is well known that CaO from natural limestones 
undergoes a rapid loss of reactivity after several carbonation/calcination cycles 
(Abanades, 2002). Nevertheless, there are numerous reports in the literature on CaO-
based synthetic materials for applications similar to SER, in which a high residual 
activity (>0.3 mol fraction) is maintained even after a large number of 
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carbonation/calcination cycles (Stevens et al., 2007; Manovic and Anthony, 2008; 
Manovic and Anthony, 2009; Blamey et al., 2010). 
In the present paper, we report on the development of a dynamic pseudo-
homogeneous reactor model to analyze the SER reaction on a large scale (10 kg/s of 
CH4 fed into the reformer reactor) and investigate the most suitable material parameters 
and reactor conditions for its optimum performance. The model was constructed to suit 
the boundary conditions imposed by the new Ca/Cu looping process described in 
Abanades et al. (2010) and Fernández et al. (2012), but it should also be applicable to 
other processes, based on the Sorption Enhanced Reforming principles. Several 
important modeling works on sorption enhanced reforming have been published in 
recent years that may be useful purposes of comparison. Xiu et al. (2002) developed a 
theoretical model that simulates a SER process under non-isothermal, non-adiabatic, 
and non-isobaric conditions. Mass and thermal dispersion in the axial direction were 
considered, with negligible radial gradients. They achieved a product gas stream with 
H2 purity of 88% (dry basis) with only small traces of CO2 and CO, at operating 
conditions of 723 K, 0.45 MPa, a steam/carbon ratio of 6 and a feed gas velocity of 0.08 
m/s. Lee et al. (2004) devised a dynamic pseudo-homogeneous and non-adiabatic model 
for SER with CaO as the CO2 acceptor. They found that H2 purity is sensitive to the 
temperature of the wall, pressure and feed composition. Rusten et al. (2007) simulated a 
SER operation carried out in a fixed-bed reactor with lithium zirconate as CO2 sorbent 
using a transient one-dimensional model with axial dispersion. More recent works in 
which sorption enhanced reforming has been theoretically and experimentally 
investigated in order to interpret experimental results from small laboratory scale 
reactors include those of Li and Cai (2007) and Reijers et al. (2009). However, to our 
knowledge, there is no modeling work on SER reactor performance under adiabatic 
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conditions, the most natural choice for large scale reactor designs, since adiabatic 
conditions would make it possible to take full advantage of the thermal neutrality of the 
overall SER reaction. Furthermore, a smaller number of adiabatic reactors with a larger 
cross-sectional area (with respect to the state-of-the-art multitubular reforming reactors) 
would avoid the need to install costly heat transfer equipment around the reactors. 
In this paper we describe the performance on a large scale of an adiabatic sorption 
enhanced reforming reactor using a multi-component system with a pressure drop and 
overall mass and energy balances. The validity of the model’s predictions was checked 
by comparing the simulated results with experimental data taken from the literature (Lee 
et al. 2004; Li and Cai 2007). Furthermore, a sensitivity analysis of the model’s 
predictions for the main material properties (carbonation reaction rate constant and CaO 
sorbent capacity) was also carried out. A simulation of the SER reactor’s performance is 
carried out in part II of this work in order to determine the operational window that 
would ensure optimal performance of the SER process in terms of H2 yield and CH4 
conversion. The effect of the principal operating conditions such as steam/carbon ratio, 
temperature, total pressure and catalyst/sorbent ratio is also analyzed. 
2. Mathematical model description 
The SER reactor operation must be described using a dynamic model due to the 
time-dependent nature of CO2 capture, as shown in Fig. 1. The reaction front that 
evolves with time generates a gas composition as a function of the operating conditions 
in the reaction front. The main chemical reactions that participate in the steam methane 
reforming are as follows: 
CH4(g) + H2O(g) ? CO(g) + 3H2(g)      ΔH298K= +206.2 kJ/mol (I) 
CH4(g) + 2H2O(g) ? CO2(g) + 4H2(g)     ΔH298K= +164.9 kJ/mol (II) 
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CO(g) + H2O(g) ? CO2(g) + H2(g)      ΔH298K= -41.5 kJ/mol (III) 
Reactions (I) and (II) are highly endothermic, so they are favored by high 
temperatures, while the water gas shift reaction (III) is exothermic and therefore it is 
promoted by low temperatures. As pointed out above, in the sorption enhanced 
reforming (SER) based on CaO-based sorbents, CO2 is removed as it is formed by 
reacting with the active calcium oxide, reaction (IV). This reaction is also highly 
exothermic, so that the enthalpy of the overall reaction is almost neutral, reaction (V). 
CaO(s) + CO2(g)? CaCO3(s)      ΔH298K= -178.8 kJ/mol (IV) 
CH4(g) + CaO(s) + 2H2O(g) ? CaCO3(s) + 4H2(g)   ΔH298K= -13.9 kJ/mol (V) 
The reactor model has been designed for adiabatic conditions so that it can profit 
from the thermal neutrality of the overall SER reaction by using CaO as a regenerable 
CO2 sorbent (reaction V). Moreover, an ideal plug flow pattern is assumed while the 
reactor is operating. This plug flow assumption is based on the high velocities that can 
be expected in a large scale reactor. The design will be such as to maximize the reactor 
capacity per unit of cross-sectional area and high superficial gas velocities will be used 
(typically higher than 0.5 m/s), as generally occurs in conventional large-scale 
reforming reactors (Dybkjaer, 1995; Rostrup-Nielsen et al., 2002).  
Following the criteria in the dispersion model reported by Levenspiel (1979) and 
considering the operating conditions listed in Table 3, the Peclet number (Pe=uL/De) is 
higher than 800, so that the degree of dispersion of the gas flowing through the reactor 
will be minimal and a plug flow can be considered reasonable for the SER performance 
described in this work. 
7 
 
Superficial gas velocities higher than 0.5 m/s also lead to a high turbulent regime and 
therefore high mass and heat transfer coefficients between gas and solids can be 
assumed. Using the physical properties and operating conditions presented in Table 2 
and Table 3, a gas-solid heat transfer coefficient (hfs) of about 0.13 kW/m2K is obtained 
(Dixon, 1979; Borman et al., 1992). This value implies a very fast gas-solid transfer 
with no appreciable difference between the gas and solid temperatures at any point in 
the reactor. Because of the similarities between the equations governing heat and mass 
transfer, the gas-solid mass transfer coefficients (kfs) can be calculated by means of 
analogous correlations to those employed to estimate heat transfer coefficients. For the 
conditions employed in this work, a gas-solid mass transfer coefficient of about 0.17 
m/s was obtained (McCabe et al., 1985). Therefore, a rapid gas-solid mass transfer 
inside the matrix of the solid bed during the SER operation can be assumed, as reported 
by Breault (2006). 
In summary, plug flow without axial dispersion may be assumed as a reasonable 
representation of the flow pattern in the large scale SER reactor used in this work. 
Moreover, the interparticle concentration and temperature gradients can be considered 
negligible at the scale of several millimeters, as is the case in large scale conventional 
reformers. An ideal gas behavior, a constant bed void fraction, a uniform particle size 
for the reactor-packed materials, a perfect mixing of the catalyst and sorbent pellets and 
a negligible catalyst deactivation were also assumed for this model. 
The kinetics of the key reforming and shift reactions were obtained using the 
Langmuir-Hinshelwood equations reported by Xu and Froment (1989). This reaction 







where pi=xi P (i=CH4, H2O, H2, CO2, CO, P is the total pressure and xi the gas-phase 
mole fraction of component i), k1, k2 and k3 are the rate constants, and K1, K2 and K3 are 
the equilibrium constants. The expressions of these parameters are listed in Table 1. 
According to Eq. (1 to 3), the rate of consumption and formation of component i, ri 
(kmol/kgcat s) can be calculated as follows: 
ri=        (i=1-5 component, j=1-3)  (5) 
where φij is the stoichiometric coefficient of component i. If i refers to a reactant, φij is 
negative, and if i refers to a product, φij is positive. From this it follows that the rate of 
consumption or formation for each component is: 
rCH4 = -R1 - R2       (5-a) 
rH2O = -R1 - 2R2 - R3      (5-b) 
rH2 = 3R1 + 4R2 + R3      (5-c) 
rCO2 = R2 + R3      (5-d) 
rCO = R1 – R3      (5-e) 
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To describe the carbonation kinetics of CaO-based sorbents, many expressions have 
been reported in the literature (Bathia and Perlmuter 1983; Lee et al., 2004; Li and Cai, 
2007; Grasa et al., 2008; Grasa et al., 2009). For this work we have chosen the empirical 
equation used by Rodriguez et al. (2011) to interpret the pilot results from the capture of 
CO2 by CaO, for which a first-order carbonation reaction rate is assumed: 
 
where kcarb is the reaction rate constant of active CaO (determined as 0.35 s-1), Xmax is 
the maximum carbonation conversion of CaO, and υCO2 and υCO2,eq are the gas-phase 
mole fraction and the equilibrium mole fraction of CO2 in the reactor, respectively. 
Likewise, kcarb can be considered to be independent of the temperature in the range of 
temperatures used in this paper, which is consistent with earlier studies published by 
Bhatia and Perlmutter (1983) and more recent works (Dennis and Hayhurst, 1987; Li 
and Cai, 2007). The volume fraction of CO2 in the equilibrium can be estimated using 
Eq. (7) (Baker, 1962). 
 
The molar rate of CO2 removed per unit mass of CaO, rcarb (kmol/kgcats), can be 
calculated from Eq. (8), where MCaO is the molecular weight of CaO. 
 
On the basis of the assumptions outlined above, the pseudo-homogeneous model of 




where Ci is the molar concentration of species i, ε is the bed void fraction, u is the 
superficial velocity, η is the effectiveness factor for both reforming and carbonation 
reactions, ρcat and ρCaO are the apparent densities of the catalyst and CaO, respectively. 
An effectiveness factor of about 0.3 was considered in order to tackle possible diffusion 
resistance in the gas-solid reactions involved in the SER process. This assumption is 
consistent with the results obtained in SER operations with large pellets (up to 0.007 m) 
at high pressure (Solsvik and Jakobsen, 2011). The last term on the right of Eq. (9) is 
not zero only for the CO2 mass balance and represents the molar rate of CO2 removed 
by the carbonation of CaO per unit bed-volume of the reactor. 
The pseudo-homogeneous energy balance for an adiabatic packed bed reactor 
according to a plug flow pattern can be expressed as: 
 
 
where ρs is the average apparent density of the solids in the reactor, ρg is the gas phase 
density and cps and cpg are the solid and gas heat capacities, respectively. HRj represents 
the heat of reaction j in reactions (I) to (III) and Hcarb represents the heat of the CaO 
carbonation reaction in reaction (IV). 
The distribution of pressure (MPa/m) along the packed bed can be described by the 






where P is the local pressure at the axial coordinate, KD and KV are parameters 
corresponding to the viscous and the kinetic pressure loss terms, u is the superficial 
velocity, μg is the viscosity of the fluid, ε is the bed porosity, dp is the particle diameter. 
Mg is the molecular weight of the gas and T is the local temperature. 
The mathematical model is mainly composed of partial differential equations, 
algebraic equations, and initial and boundary conditions. The model has been 
implemented and solved using MATLAB programming software. The partial 
differential equations, Eq. (9) (one for each component i= CH4, H2O, H2, CO2, CO) and 
Eq. (10) were converted to a set of ordinary differential equations with initial conditions 
by discretizing the spatial derivative in axial direction (z) employing backward finite 
differences. For example, a typical bed reactor length of 7 m long was divided into 39 
sections with 40 nodes and the resulting predictions were virtually identical with further 
increases in the number of nodes.  
The initial and boundary conditions in Eqs. (11), (12) and (13) are as follows: 
Ci=Ci,0 T=T0 at t=0       (14) 
Ci=Ci, in T=Tin P=Pin  at z=0     (15) 
The initial concentrations of the gas species in the reactor should be set to zero, but 
they were actually considered as equal to 10-6 in order to avoid denominators equal to 
zero in the equations described above. The system formed by the ordinary differential 
equations and the other algebraic equations mentioned above was simultaneously solved 
employing the “ode15s.m” function, which is a MATLAB tool for solving initial value 
problems for stiff ordinary differential equations.  
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The model predictions were first checked for consistency at different operating 
conditions by closing all the mass and energy balances involved in the process for 
different times during a complete SER cycle. Equilibrium conditions were reached 
during the SER performance (prebreakthrough) and during the SMR operation 
(postbreakthrough), when considering fast reforming and carbonation kinetics. As 
mentioned above, we are not aware of any published works on sorption enhanced 
reforming processes performed in adiabatic fixed-bed reactors. For this reason, the 
model had to be validated by comparing our simulation results with experimental data 
taken from previous works on SER in non-adiabatic and non-isothermal fixed-bed 
reactors (Lee et al. 2004; Li and Cai 2007). For this validation, the model developed in 
this paper was adapted slightly to the conditions established in the above mentioned 
works. An additional term on the right side of the energy balance, Eq. (10), was 
included in order to account for the heat transfer through the reactor wall when an 
external source of energy is supplied to a non-adiabatic system: 
 
 
where hw is the heat transfer coefficient through the reactor wall, Tw is the reactor wall 
temperature and Dr is the inner diameter of the reforming reactor. Moreover, the 
carbonation kinetics employed in these works was also taken into account for the 
validation of the model. In the simulations, the operating temperature was varied 
between 923 K and 1023 K, the operating pressure between 0.1 MPa and 1.5 MPa, the 
S/C molar ratio between 3 and 7 and the residence time between 0.1 s-1 and 0.38 s-1. The 
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results obtained were very similar to the simulated and experimental data reported by 
Lee et al. (2004) and Li and Cai (2007). 
In order to choose a certain set of operating conditions to run the model and analyze 
the performance of the reactor, the equilibrium limitations of the reactions need to be 
taken into account. This matter has been dealt with in detail in previous works on 
sorption enhanced reforming, as recently reviewed by Harrison (2008) and is only 
briefly discussed here. The presence of a CO2 sorbent in a steam methane reforming 
process shifts the equilibrium to the formation of H2 with the result that an almost 
complete conversion of methane can be achieved. For example, if a SER operation is 
performed at 1.5 MPa and around 923 K with a steam/carbon molar ratio of 5 in the 
feed, it is possible to obtain a gas product with a H2 content of about 97% (dry basis) 
(Fig. 2, right). Balasubramanian et al. (1999) achieved similar results working at these 
experimental conditions. It is also interesting to note that the hydrogen yield barely 
changes in the range of temperatures in which the carbonation occurs because of the 
quasi thermal neutrality of reaction (V).  Although higher operating temperatures allow 
higher conversions of methane, the CO2 capture efficiency decreases if the process is 
carried out over 1023 K, so that maximum H2 production is achieved around 923-1023 
K,  depending on the operating pressure. 
As can be seen in Fig. 2 (left), hydrogen production is favored at low pressures 
because of the increase in the number of moles in the products of reaction (V). 
However, the widespread interest in employing hydrogen for power generation and the 
high cost of H2 compression found in other industrial applications suggest that it would 
be more profitable to perform the SER process at high pressure (1.5-3.5 MPa) (Metz et 
al., 2005; Harrison, 2008). 
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In view of these considerations, we carried out our study on SER at high pressure 
despite the unfavorable equilibrium conditions, due to the need to maximize the reactor 
performance per unit of cross-sectional area for any large scale CO2 capture system. 
These conditions are also important for the SER stage of the Cu/Ca process (Abanades 
et al., 2010; Fernandez et al., 2012). To operate at high pressure, a high S/C molar ratio 
must be fed into the reforming reactor in order to obtain a gas product with hydrogen 
purities of over 90% (dry basis) and elevated methane conversions of around 85%, as 
can be seen in Fig. 2 (right). Moreover, high concentrations of H2 and low levels of CO 
in the product stream reduce the carbon deposition, thereby avoiding catalyst 
deactivation and the blockage of the reforming reactor, which are serious problems in 
conventional SMR (Tavares et al., 1996; Alstrup et al., 1998). However, the latent heat 
of water cannot be totally recovered from the steam (Stevens et al., 2005). Therefore we 
must consider as a reasonable trade-off running the SER reactor in the reference case at 
3.5 MPa at a S/C ratio of 5.  
The choice of reactor length and the superficial gas velocity or throughput per unit 
reaction area, must again be a trade-off between the gas-solid contact time requirements 
and the maximum allowable pressure drop along the reactor. At this preliminary design 
stage, we have adopted a reactor length of 7 m and an inlet mass flow velocity 
(CH4+steam) of 3.5 kg/m2s. These allow reasonable cycle times (Fernández et al., 2012) 
and lead a sharp breakthrough during the SER reaction stage. In so far as particle size 
and bed porosity are concerned, which are important variables in Eqs. (9-13), we have 
chosen for the reference case 0.01 m and 0.5, respectively, which are values commonly 
found inside the normal operating ranges in conventional steam reforming (Xu and 
Froment, 1989; Rostrup-Nielsen et al., 2002). 
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Finally, in order to obtain concrete solutions for the model, it is necessary to define 
the composition of the material in the bed. When the reactor is designed for typical SER 
operations a 30% weight of Ni-based conventional steam reforming has proved to be 
sufficient (Balasubramanian et al., 1999; Lopez Ortiz et al., 2001) for achieving enough 
catalytic activity for the reforming reactions. This can of course be largely reduced by 
using a more active reforming catalyst with noble transition metals (Jones et al., 2008).  
In the case of SER in the initial stage of the Cu/Ca looping process (Abanades et al., 
2010), the right proportions of Cu and CaO need to be fulfilled and it is even more 
important to minimize the proportion of the catalyst (Fernandez et al., 2012), although 
several authors have shown that Cu-based catalysts provide enough activity to carry out 
the SMR at high temperature (up to 973 K) (Podbrscek et al., 2009). 
A summary of the reactor characteristics and operating conditions for the reference 
case is provided in Table 3. These together with the physical parameters included in 
Table 2 and the initial and boundary conditions of Eqs. (14-15) make it possible to 
obtain a complete solution for the model.  
3. Dynamic behavior of the fixed bed reactor for sorption enhanced reforming 
The previous model has been designed to analyze the dynamic evolution of the molar 
concentrations of CH4, H2 and CO2 in the axial direction of an adiabatic fixed-bed 
reforming reactor, performing with the operating conditions outlined in Table 3 and 
evolving with time until the breakthrough curves appear, which is when the CaO 
sorbent in the bed has been almost completely converted.  The simulation also allows 
the evolution of the axial temperature profiles and its impact on the reactor performance 
to be studied.  
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Fig. 3 confirms the general trends observed in the SER reactors. As the gas stream 
passes through the bed, the molar concentration of CH4 (and H2O) progressively 
decreases while the concentration of H2 increases via the reforming and water gas shift 
(WGS) reactions (reaction I to III). In the zones in which the CaO-based sorbent is 
active, the CO2 formed is almost completely removed via reaction IV. The high 
operating pressure facilitates very fast carbonation rates. As in other sorption enhanced 
reforming reactors, this carbonation reaction shifts the equilibrium to a higher CH4 
conversion and a higher H2 yield than the maximum achieved in a conventional SMR. 
As the carbonation front advances, the inactive sorbent is left behind and consequently, 
the reactor performs there as a conventional steam reformer (with a lower conversion of 
CH4, a lower H2 yield and with no CO2 capture).  
As for the evolution of the axial temperature profiles (Fig. 3, bottom right), the 
temperature near the reactor entrance initially drops to about 868 K from the initial 923 
K. This is because the highly endothermic reforming reactions (I) and (II) are faster than 
the exothermic CaO carbonation reaction (IV), resulting in a considerable drop in the 
temperature in the initial part of the reactor. When the gases reach the area with active 
CaO, the heat supplied by the carbonation reaction makes the overall reaction slightly 
exothermic and the heat is transported downstream, heating the solids up to slightly 
above the initial temperature of 923 K. In this way, the carbonation front raises the 
temperature of the bed as it moves towards the reactor exit.  
The SER operation can be divided into three periods according to the evolution of 
the outlet temperature and gas composition with time (Fig. 4). During the 
prebreakthrough period (t<720 s), the reforming, WGS and CaO carbonation reactions 
take place simultaneously and the composition of the product gas is close to the SER 
equilibrium (i. e. a H2 mole percent of above 94% and a content of CO2 of about 0.1% 
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on a dry basis). During the breakthrough period, which takes place approximately from 
t=720 s to t=1500 s, the CO2 capture efficiency begins to diminish because the CaO-
sorbent is approaching its point of maximum conversion (Xmax). The extent of the 
reforming and the WGS reactions is gradually reduced, resulting in a decrease in 
hydrogen purity and in methane conversion. When all the sorbent is saturated with CO2 
(t>1500 s), the separation is no longer effective and only the reforming and shift 
reactions occur. In the postbreakthrough period the bed performs as a stationary 
reforming reactor producing a gas stream close to the SMR equilibrium, as illustrated in 
Fig. 4 (53% of H2, 33% of CH4, 13% of CO2 and 1% of CO on a dry basis). 
Because of the slight exothermicity of the overall reforming and carbonation reaction 
(reaction V), the exit gas gradually increases its temperature during the prebreakthrough 
period. At the beginning of the breakthrough (about t=720-900 s) the maximum 
temperature reached is 955 K which represents a rise of 32 K above the feed gas 
temperature, as shown in Fig. 4 (right).  
So far, the SER performance has been theoretically designed and experimentally 
implemented to function close to isothermal conditions (Harrison, 2008). This 
configuration has possibly been inherited from conventional SMR operation, in which a 
large amount of external heat must be supplied to the reformer in order to achieve the 
temperature that allows the endothermic steam reforming reaction to take place. 
However, only adiabatic conditions would make it possible to take full advantage of the 
SER thermal neutrality and maximize the energy efficiency of the process thereby 
eliminating the need for heat transfer equipment around the reactor. To investigate the 
difference between the two performances, we introduced into our model Eq. (16) for the 
simulation of the operation under non-adiabatic (quasi-isothermal) conditions (Tw=923 
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K), similar to previous works (Lee et al., 2004; Li and Cai, 2007), but taking into 
account common operating parameters shown in Table 3.  
As can be seen in Fig. 5, during the prebreakthrough period (t<720 s), there is a 
substantial difference in the temperature of the flue gas in both configurations. 
However, this does not translate into any difference in hydrogen yield or methane 
conversion and the resulting composition of the product gas is almost the same. During 
the breakthrough period, the CaO-based sorbent is approaching its point of maximum 
conversion and the CO2 capture efficiency begins to decay. Therefore, the proportion of 
CO2 in the flue gas gradually increases. At the beginning of the breakthrough (from 
t=720 s to t=1080 s), the temperature of the product gas under adiabatic conditions is 
higher than that obtained under quasi-isothermal conditions (Fig. 5, right). Higher 
temperatures during this transient period from SER to SMR lead to a higher CO2 yield. 
Therefore, the carbonation rate increases, (Eq. 6), and the CaO sorbent rapidly 
approaches its total saturation point, resulting in a shorter breakthrough period under 
adiabatic conditions. These results confirm that the adiabatic configuration provides the 
most favorable performance for carring out the sorption enhanced reforming in fixed 
beds under alternative reaction conditions.  
On the other hand, breakthroughs are expected to occur at well defined points of time 
and close to those achieved considering infinite reactions rates (dotted vertical line in 
Fig. 4). However, it is clear that, in order to obtain a hydrogen product gas of high 
purity, it is necessary to choose a point in time before the end of the breakthrough, 
because during this period a significant part of the CaO-sorbent has still not been 
converted. Consequently, the duration of the SER stage will be a trade-off that leads to 
the production of a high level of H2 with a minimum loss of CH4 and CO and a high 
degree of carbonation of the CaO-sorbent. In order to clarify this point, we must 
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consider the sensitivity of the model predictions of the breakthrough curves to certain 
critical material properties that may affect the reactivity of CaO and its absorption 
capacity.  
The sorption capacity and reactivity of the CaO-based material may play a decisive 
role in the overall efficiency and viability of any process based on the SER principle. 
The proportion of any solids other than the active CaO in the fixed bed must be kept to 
a minimum in order to reduce the heat required for the endothermic sorbent 
regeneration. This is even more important in the case of the Ca/Cu looping process 
(Abanades et al., 2010), where all the heat required for the calcination of the sorbent 
must be supplied by the reduction of a certain amount of CuO, which is accompanied in 
the matrix bed by CaO and a reforming catalyst (Fernández et al., 2012). 
As for the kinetics of carbonation, a higher sorbent capacity, expressed in terms of 
maximum carbonation conversion (Xmax), tends to accelerate the removal of CO2 in the 
SER, as shown in Eq. (6). Natural limestone can achieve a stable Xmax (after hundreds 
of cycles of absorption and desorption) of less than 0.10 (Grasa and Abanades, 2006) 
which would correspond to a sorbent capacity of about only 1 mol CO2/kg sorbent. On 
the other hand, some novel synthetic CO2-sorbents have sorbent capacities of about 5 
mol CO2/kg, as reported in the literature (Ochoa et al., 2005; Manovic et al., 2009; 
Halabi et al., 2011). Several works in the literature dealing with CaO-based synthetic 
sorbents for SER or similar applications report that these sorbents maintain a high 
residual activity (higher than 0.3 mol fraction) even after a large number of 
carbonation/calcinations cycles (Stevens et al., 2007; Manovic and Anthony, 2008; 
Manovic and Anthony, 2009; Blamey et al., 2010). 
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The profiles of the product gas composition on a dry basis at different maximum 
carbonation conversions (Xmax) are represented in Fig. 6. A hydrogen purity of close to 
equilibrium (95% on a dry basis) can be achieved with sorbents with high residual 
activity (Xmax higher than 0.2). However, less active sorbents lead to lower H2 yields 
and shorter reactor operational times before the breakthrough. For this reason, natural 
limestones can be ruled out as sorbent candidates for this process. The prebreakthrough 
period can be extended from 600 s to 1200 s by using sorbents with a maximum 
carbonation conversion of between 0.2 and 0.4. 
The carbonation rate corresponding to two sorbents with different maximum 
carbonation conversions at different reformer locations is represented in Fig. 7. The 
sorption waves moving on along the fixed-bed demonstrate that the carbonation reaction 
takes place in a narrow reaction front as the feeding gas is introduced and the CO2-
sorbent is saturated. The sorbent with the higher sorption capacity significantly 
improves the carbonation kinetics, accelerating the carbonation rate (rcarb) by a factor of 
2.5. The maximum local carbonation rate achieved with the natural sorbent (Xmax=0.1) 
was found to be 5.55 10-6 kmol/kg s, while with the synthetic sorbent (Xmax=0.4) a 
carbonation rate of about 1.25 10-5 kmol/kg s was achieved. Moreover, Fig. 7 shows 
that the stationary SER period before the saturation of the bed can be extended 
considerably by employing materials with a higher sorption capacity, as indicated 
above. 
On the other hand, it is well known that the initial stage of the carbonation reaction is 
rapid and kinetically controlled, and that it is then followed by a subsequent stage which 
is much slower and controlled by the diffusion of CO2 in the product layer (Bhatia and 
Perlmutter, 1983). According to Eq. (6), the velocity of the initial carbonation stage is 
mainly determined by the carbonation rate constant (kcarb). As pointed out above, natural 
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limestones  present values of kcarb of around 0.35 s-1. It is possible to find in the 
literature several works that employ synthetic CO2 sorbents with a higher mechanical 
and chemical stability but with less reactivity (lower kcarb) (Lee et al., 2004; Li and Cai, 
2007). Nevertheless, there are also many works that have attempted to obtain sorbents 
with a better stability and reactivity than natural sorbents by using new synthesis routes 
(Stevens et al., 2007; Blamey et al., 2010) or recently developed materials that combine 
both sorbent and catalyst properties (Martavaltzi et al, 2010; Meyer et al., 2011). 
The effect of the carbonation rate constant (kcarb) on the evolution of the outlet gas 
composition and temperature with time is represented in Fig. 8, under conditions of 923 
K, 3.5 MPa, by feeding 3.5 kg/m2s with a S/C molar ratio of 5 and assuming a 
maximum carbonation conversion for the sorbent (Xmax) of 0.4. As can be seen in Fig. 
8, a less reactive sorbent with half the reactivity of a natural limestone (kcarb=0.18 s-1) 
does not allow the SER equilibrium (97% on a dry basis) to be reached and therefore a 
lower degree of hydrogen purity is obtained (92% on a dry basis). Moreover, less 
reactive sorbents do not lead to sharp breakthroughs, which involve shorter cycles 
during the SER operation if the objective is to obtain a gas product with high H2 purity 
and a minimum loss of CH4 and CO.  
However, natural limestones and more reactive sorbents (kcarb>0.35 s-1) allow a SER 
performance close to equilibrium and a maximum H2 content of about 97% is therefore 
obtained. Hypothetical more reactive sorbents than natural limestones would allow 
sharper breakthroughs to be reached, but the resulting stationary period 
(prebreakthrough) would not be much longer. As pointed out above, the 
prebreakthrough period with a natural limestone as CO2 sorbent takes place during the 
first 720 s of the SER performance under the operating conditions listed in Table 3. The 
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use of a hypothetical sorbent 10 times more reactive (kcarb=3.5 s-1) only extends the 
prebreakthrough period from 720 s to 900 s, as shown in Fig. 8 (left). 
As for the temperature profiles of the flue gas, these are more affected by the 
carbonation rate constant. If the carbonation reaction is very slow, this exothermic 
reaction takes place gradually along the fixed bed, while the rapid endothermic 
reforming reaction occurs in a narrow front. The result is a slight increase in the flue gas 
temperature during the SER operation. If the sorbent is highly reactive leading to a 
much faster CO2 absorption, all the reactions involved in the SER process take place 
simultaneously in the same reaction fronts along the fixed-bed, with the result that the 
maximum temperature achieved increases, as can be seen in Fig. 8 (right). If a slow-
reacting sorbent is used (kcarb=0.18 s-1), the maximum temperature achieved during the 
SER operation is 943 K, whereas Tmax increases up to 990 K if an extremely high 
reactive sorbent (kcarb=3.5 s-1, 10 times greater than the carbonation constant for a 
natural CO2-sorbent) is used since this entails practically instantaneous carbonation. 
This value is close to 1006 K, which is the maximum temperature theoretically 
estimated for an adiabatic SER process, if instantaneous kinetics are considered 
(Fernández et al., 2012). Furthermore, the minimum temperature reached during the 
postbreakthrough period is not affected by the carbonation kinetics. In either case, the 
saturated bed cools down to a stationary temperature of about 868 K. 
The carbonation rate (rcarb) for two CO2 sorbents of different reactivity (a natural 
limestone and a hypothetical synthetic sorbent 10 times more reactive) in different 
reformer locations is represented in Fig. 9. The results show that a higher carbonation 
rate constant (kcarb) significantly improves the carbonation kinetics. The maximum local 
carbonation rate with the natural limestone (kcarb=0.35 s-1) was found to be around 1.4 
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10-5 kmol/kg s, while the synthetic sorbent (kcarb=3.5 s-1) attained a carbonation rate 
higher than 1.11 10-4 kmol/kg s. A great increase in the reactivity of the sorbent leads to 
very narrow carbonation reaction fronts. However, the use of very reactive sorbents 
does not involve higher velocities of the carbonation reaction front along the fixed-bed. 
Fig. 9 shows that both sorbents exhibit their maximum local carbonation rate for every 
axial location at similar operating times. Therefore, efforts to develop more reactive 
synthetic CO2 sorbents would only lead to shorter breakthroughs with similar stationary 
SER periods before bed saturation. 
As explained above, sorbents with a higher reactivity accelerate the removal of CO2 
in the SER and therefore it is possible to perform close to equilibrium at higher space 
velocities. Fig. 10 shows the composition and temperature profiles of the product gas on 
a dry basis at different space velocities (2.1, 3.5 and 7 kg/m2s) for sorbents with a 
different carbonation rate constant (0.18, 0.35 and 0.70 s-1), at 923 K, 3.5 MPa and a 
S/C molar ratio of 5. Under these operating conditions, the maximum superficial 
velocity reached by the gas in the reforming reactor would be 0.3, 0.5 and 1 m/s, 
respectively. 
Slow-reacting CO2 sorbents do not allow the maximum hydrogen purity determined 
by the equilibrium at elevated space velocities to be achieved. Higher residence times 
are therefore needed. These will require longer operational periods to permit total 
sorbent saturation and entail higher capital investment and operating costs. However, 
highly reactive materials lead to a maximum hydrogen production at higher space 
velocities, which in turn entails shorter SER cycles for total sorbent carbonation. 
As indicated in Fig. 10, a CO2 sorbent with slow carbonation kinetics (kcarb=0.18 s-1) 
requires low space velocities (2.1 kg/m2s) in order to achieve the maximum degree of 
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H2 purity determined by the SER equilibrium (95% on a dry basis). Under these 
operating conditions, the postbreakthrough period is finally achieved after 2700 s of 
performance. If a sorbent with a significantly higher carbonation rate is used (kcarb=0.70 
s-1, twice the carbonation rate constant of a natural CO2-sorbent), the SER operation can 
be carried out at a space velocity of about 7 kg/m2s (around 1 m/s under these operating 
conditions) which corresponds approximately to velocities usually employed in 
conventional steam reformers at industrial scale (Rostrup-Nielsen et al., 2002). 
Moreover, the duration of the cycle up to total sorbent saturation can be reduced from 
2700 s to 780 s. Neither the maximum temperature reached in the SER operation (953 
K) nor the minimum temperature in the postsbreakthrough period (868 K) are affected 
by the use of the maximum allowable space velocity for achieving equilibrium 
according to the carbonation kinetics of the sorbent, as can be seen in Fig. 10.  
The above analysis highlights the importance of CaO reactivity (fast reaction rate) 
and the carrying capacity of synthetic CO2 sorbents for SER applications. In order to be 
able to design compact reactors that optimize the production of hydrogen with sharp 
breakthroughs, it is essential to employ materials with maximum carbonation 
conversions (Xmax) of at least 0.4 (about 3-4 times higher than natural sorbents) and 
with a carbonation rate constant (kcarb) at least similar to those measured in natural 
limestones. There are two major ways to achieve this condition: (i) to design stable 
materials with the appropriate properties (high Xmax or high kcarb) or (ii) to design 
intermediate steps for sorbent reactivation. Promising results have been recently 
published in both directions (see review of Blamey et al., 2010), stimulating a huge 





Adiabatic sorption-enhanced steam reforming (SER) reactors using CaO as a CO2 
sorbent can be mathematically described using well established principles for fixed-bed 
reactors. The resulting pseudo-homogeneous model is able to describe the transient 
behaviour of the SER process from a set of initial conditions to a point beyond the 
breakthrough associated to the full conversion of the CaO. Three different periods have 
been established: (i) prebreakthrough, in which the reactor can perform close to the SER 
equilibrium in which case the hydrogen yield is maximum and the CO2 production is 
negligible; (ii) breakthrough in which CO2 capture efficiency decays because the 
sorbent is approaching its maximum limit of conversion, and (iii) postbreakthrough in 
which the CO2-sorbent reaches total saturation and consequently the reactor performs 
like a conventional steam methane reformer. The process was found to be highly 
efficient at 923 K, 3.5 MPa, feeding a S/C molar ratio of 5 and at a space velocity of 3.5 
kg/m2s, yielding a hydrogen purity of about 95%, a methane conversion of about 85% 
and negligible traces of CO2. The limiting aspect of the SER process was found to be 
basically the carbonation kinetics, making it necessary to use lower space velocities 
than those employed in the conventional steam reforming (SMR). Natural limestones 
can be ruled out as CaO precursors for this process. CO2-sorbents with a high sorption 
capacity are more suitable because they permit faster carbonation kinetics and a longer 
operational time before the breakthrough.  
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Ci  concentration of component i in the reactor, kmol/m3 
Ci,in  concentration of component i in the feed, kmol/m3   
Ci,0  initial concentration of component i, kmol/m3 
Cpg  specific heat capacity of the gas, kJ/kg K 
Cps  specific heat capacity of the solid, kJ/kg K 
De  effective diffusivity, m2/s 
dp  particle diameter, m 
Dr  inner diameter of the reactor, m 
Hcarb  heat of CaO carbonation, kJ/kmol 
hfs fluid-gas heat transfer coefficient, kW/( m2 K) 
HRj  heat of reaction j (j=I, II, III), kJ/kmol 
hw heat transfer coefficient through the reactor wall, kW/( m2 K) 
kcarb  rate constant of CaO carbonation, s-1 
kg  thermal gas conductivity, kW/( m K) 
kj  rate constant of reaction j (j= I, II, III), kmol MPa0.5/kg s 
Ki adsorption constant of component i, i=CO, H2, CH4 MPa-1; i=H2O 
dimensionless 
Kj  equilibrium constant of reaction j, j=I, II MPa2; j=3 dimensionless  
kfs  gas-solid mass transfer coefficient, m/s 
L  reactor length, m 
MCaO molecular weight of CaO, kg/kmol 
Mg  molecular weight of the gas, kg/kmol 
P  total pressure, MPa 
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Pi  partial pressure of component i, MPa 
Pin pressure at the reactor entrance, MPa  
rcarb  rate of CaO carbonation, kmol/kgcat s 
ri  rate of formation/consumption of component i, kmol/kg s 
R  ideal gas constant, kJ/kmol K 
Rj  rate of reaction j (j=I, II, III), kmol/kg s 
t  time, s 
T  temperature, K 
Tw  reactor wall temperature, K 
Tin  feed gas temperature, K 
T0 initial temperature of the solids in the reactor, K 
u  superficial velocity of gas, m/s 
xi   gas-phase mole fraction of component i, dimensionless 
X  fractional carbonation conversion of CaO, dimensionless 
Xmax maximum fractional carbonation conversion of CaO, dimensionless 
z  axial coordinate in bed, m 
Greek letters 
ε  bed void fraction, dimensionless 
φij   stoichiometric coefficient of component i, dimensionless 
ρCaO  apparent density of CaO-based material, kg/m3 
ρcat   apparent density of reforming catalyst, kg/m3 
ρg   gas phase density, kg/m3 
ρs   apparent density of the two mixed solids in the reactor, kg/m3 
η  effectiveness factor, dimensionless 
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υCO2  gas-phase mole fraction of CO2, dimensionless 
υCO2,eq gas-phase equilibrium mole fraction of CO2, dimensionless 
µg  viscosity of gas, MPa s 
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Fig. 1. General scheme of the composition and temperature profiles in the reaction front 




Fig. 2. Effect of pressure, temperature and S/C molar ratio in hydrogen production and methane conversion on the sorption enhanced reforming 






Fig. 3. Dynamic profiles of CH4, H2, CO2 and temperature in a SER operation carried 
out in an adiabatic fixed-bed reactor (at the conditions shown in Table 3: 923 K, 3.5 





Fig. 4. Product gas composition on a dry basis and temperature evolution of the gases leaving the reactor time on stream (at the conditions shown 




Fig. 5. Comparison of adiabatic and non-adiabatic SER performance in terms of product gas composition and temperature profiles time on 
stream (at the conditions shown in Table 3: 923 K, 3.5 MPa, S/C molar ratio of 5). 
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Fig. 6. Dynamic H2 and CO2 profiles on a dry basis at the reactor exit at different 
maximum carbonation conversions (923 K, 3.5 MPa, S/C molar ratio of 5, 2 kg/m2s and 
kcarb=0.35 s-1). 
 
Fig. 7. Effect of maximum carbonation conversion on the carbonation rate at different 





Fig. 8. Effect of carbonation kinetics on the product gas composition on a dry basis and on the temperature profile with the reaction time on 





Fig. 9. Effect of carbonation rate constant on carbonation rate at different locations along the reformer (at the conditions shown in Table 3: 923 










Table 1. Kinetic and equilibrium parameters in steam methane reforming (Xu and 












aTaken from Twigg (1989). The data reported by Xu and Froment (1989) are as follows: 





Table 2. Physical parameters used in the reactor model. 
Parameters Values 
MCaO 56 kg/kmol 
Cpg 8.45 kJ/kg K 
Cps 0.98 kJ/kg K 
μg 1.81 10-5 kg/m s 
























Table 3. Reactor characteristics and operating conditions for the reference case study. 
Parameters Values 
Feed gas temperature, Tin 923 K 
Initial solids temperature, T0 923 K 
Pressure 3.5 MPa 
S/C molar ratio 5 
Inlet gas mass flow velocity 3.5 kg/m2s 
Xmax 0.4 
η 0.3 
ρcat 550 kg/m3 
ρCaO 1125 kg/m3 
ρs 1675 kg/m3 
dp 0.01 m 
L 7 m 
ε 0.5 
 
